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ABSTRACT

This paper presents an appropriately available etation through a series of formula derivations aedsonable
simplifications using some hypotheses. Then widgeas of culture conditions such as gas flow raggrrer speed
and initial culture volume were correlated with upietric oxygen mass transfer coefficient and theetation is
determined as: Jla=KQ"N’V, > The correlation factors K, x, y for the 12.8 LdaB0 L bioreactors calculated by
sodium sulfite oxidation method were 0.01, 0.4@13131 and 0.004, 0.525, 1.685, respectively. Tdreslation
proposed here could guide the scale-up of fermimtab obtain an optimized initial volume of ferrtetion broth
(15.4 L) for 30 L bioreactor form 12.8 L via theteria of maintaining p*ka as a constant. The final DCW of 59.7
g L and HLC concentration of 6.25 g'lwere obtained on the pilot-scale upon maintenasicBO at the same
level, resembled to the lab-scale of 80.13'qahd 13.1 g L.
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INTRODUCTION

It's confirmed that the only non-contentious fabbat scale-up is that it is one of the most conapdéid processes
and challenging endeavors in the field of bioche@mengineering [1]. Over the past five decadeseresitre work
has been done in the area of the scale-up of featien systems. And it is usually based on varimiteria such as:
geometrical similarity;power input; volumetric oxamy transfer coefficient; mixing time; and bioreacftuid
dynamics [2, 3].As things stand, there is a genawakensus that the most widely used scale-up mhéshmased on
the utilization of the oxygen mass transfer coédfit (_a) in aerobic fermentation process [4-8]. The probigith
this process has been the various methods by whelransfer coefficient has been obtained. Differaethods,
such as sulfite oxidation [6], absorption of £4), chemical gassing-out[10],dynamic method[11]d aother
methods [12-16] have been used to take the valugaoby different investigators. As well known, oxygen
sparingly soluble in water and culture medium atditions normally encountered in biotechnology #&tlons and
therefore, growth and productivity of aerobic mmmganisms is often controlled by oxygen availapilithe oxygen
availability in the fermentation broth could beerditmiting especially in high cell density cultuoé the fast-growing
aerobes such as recombin&ntcoli. Therefore, the scale-up success of such aerehitehtation process depends
on satisfying the oxygen demand all through théucelvolume of interest in the fermenter.

There are both dimensional and dimensionless emsafor thek a as a function of different variables that have
been proposed [17-24]. Among these equations, hemvédittle has shown that the relationship betw&ga and
some intuitive parameters which are the importaanipulated variables for scaling up in aerobic femtation
process. Seldom investigators take notice of thalifiermentation capacity in scale-up processtuatly, the initial
fermentation capacity does play a non-neglectaidte Based on this, the paper proposes a new nsotiehg these
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problems and some empirical correlations were utiegh the correlation, which can guide to the scpleof
fermentation intuitively, was obtained by reasopa@sumptions and derivation of equations and a@m®d job in
scaling 12.8 L up to 30 L through calculating thatimization initial culture volumes. The productls and
consistency of product quality have been achiewech&intaining the DO at a similar level.

EXPERIMENTAL SECTION

Microorganism and medium

Recombinan€k. coli BL21 pNWCP31 expressing human like collagen wasdua this study [25]. The plasmid,
which contained a kanamycin-resistance gene and/@dl temperature induction, was constructed inaoratory.
The compositions of culture media and feeding mediee identical to those reported previously [26].

Inoculum preparation

Colonies from LB agar plates were inoculated ifd@ &L flasks containing 50 mL LB media incubatedaoshaker
at 32°C and 200 rpm. 10 hours later, the first ihoms were inoculated into 300 ml flasks with 50 media

respectively for further cultivation at the samenditions as the first inoculum cultivation. Afte® h, the second
inoculum was used for inoculation (10%, v/v) of thb-scale stirred-tank reactor (Model L1523, Bigierering Co.
Switzerland) or for the pilot-scale stirred-tanketor (Model NF 30, Bioengineering Co. Switzerland)

Culture conditions

The cultivation temperature was maintained at 3@i@ss described otherwise. The air flow-rate wamtained at
18 L min* for lab-scale fermentor and 12 L rfifor pilot-scale fermentor. The initial culture uohes were 6 L for
lab-scale and 15.4 L for pilot-scale, respectivalile pH value was maintained at 6.8 by automaticatiding

NH4OH (25%, w/w). The dissolved DO) was maintained above 20% air saturation bypually increasing the
agitation rate at 0.1Mpa pressure for the lab-stai@entor (initially 300 rpm) and at 0.15 MPa oypeessure for
the pilot-scale fermentor (initially 300 rpm).

As soon as the initial carbon source was consumédth indicated by the rapid increase of DO, thé-lbatch
culture was initiated. The probing feeding methodppsed by Akessoat al was used to control the nutrient
feeding manually [27]. To track the acetate thrébimeore quickly, the initial feeding rate was cdi#daed to achieve
the specific cell growth rate about 0.15 And the feeding rate was controlled to maintaim ¢bnstant specific cell
growth rate between the pulses with the pseudo+exmal feeding method proposed by Degal [28]. For
induction, the cultivation temperature was incréase42°C and maintained for 3 h and was then 1tesg®°C for
several hours, to achieve a high-level expressfahentarget protein. All experiments were carrgd three times
under the same culture conditions.

Analysis methods

Cell density was measured turbidimetrically at 800 with spectrophotometer (UNICO Model 2082PCS, USA
The cell concentration was determined by the DCNe: liroth sample was centrifuged at 9000r-hfor 10min,
washed three times with distilled water and dri@d tonstant mass in a 105°C oven. Acetic acidemanation was
acquired by BioProfile analyzer 300(NOVA biomedjcdJSA). Human-like collagen was determined with
hydroproline colorimetry[29]. Temperature, pH, Df@tation speed, airflow rate, zymotic fluid voluraed the
pressure of fermentor were controlled by the digitat of the bioreactor.

Mathematical model

Extensive literature indicates that the correlaidetweerk a and Py/V, have been widely applied in the past
dozens of years. To conclude, the classical mattieamhanodel of these correlations can be expreased

ke a=C(Py/VL)Vs 'k (1)

Thek_a values were correlated with the combination afrestispeedN, superficial gas velocitys, volume of the
liquid in the vessely,, and liquid effective viscosity;. The constan€ depends on the geometrical parameters of
the vessel and the stirrer employed and the exporadues §, b andc) have a wide variation range in the different
correlations proposed by different authors.

For the parametd?y presented above in Equation (1), it can be reptedeby the expression:

szm(POZN Di Q-0.56)0.45 (2)
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where:
Py is gassed poweR, is power input in un-aerated systemisis the impeller speed is the volumetric gas flow
rate,D; is the impeller diameter amdis a parameter that depends on the style and gdorsizes.

And Py is that of Pauline M. Doran (1995) which is shdvatow in Equation (3)[30]:
P=Ny.N°D;° (3)

whereP, is power,N, is power numberp, is fluid density,N is stirrer speed an; is impeller diameter. Among
these N, is a function of Reynolds number, but it is indegent of Reynolds number in turbulent flow. Therefo
for a given flow regime in a bioreactor, the te¥g, can be considered to be a constant.

Letk=N,p., the Equation leads to the following:
P=kN’D;® (4)

Substituting the Equation (4) into Equation (2)egv
szmw.9N3.15Di5.85Q-0.252 (5)

For a given bioreactor, these three termsk(andD;) can be combined together. lrei=mk-*D;>®, then:
Pg:m1N3.lb0.252 (6)

As,
Vi=Q/A (7)
whereA is cross sectional area of vessef)(m

Then substituting the Equation (6) and (7) into &@n (1) gives:
kLazcﬂcA-aQa-O.252lf.nle3.le/VLb (8)

The termA™® andy® in Equation (8) are assumed constant in a paati@ystem. Let:
K=C1°A®m,°(9)

x=a-0.252h(10)

y=3.15K11)

finally, substituting the Equation (9), (10) andlllinto Equation (8), the desired Equation is repréed by the
expression:

kla=KQN'V ¥3*°(12)

In Equation (12), the paramekers a parameter that depends on the style and daorsizes of fermenter and the
value ofk_a is the function of parameters such as stirrergpeglume of the liquid in the vessel and the vaodtric
gas flow rate.

Measurement of k, a

The experiment is based on such a reaction thedacing agent(sodium sulfite) react with the digsdloxygen to
produce sulfate in the presence of a catalyst (lysaadivalent cation of Cii or Cd™) [31]. The reaction can be
expressed as:

2Na,SO;+0,—2NaSO,

Since this reaction is so fast, the oxygen conagéotr in the bulk liquid can be assumed to be z&soa result, the
rate of oxidation is controlled by the rate of massisfer because the reaction rate is much fésaer the oxygen
transfer rate. The mass transport rate can berdieted as long as the overall rate is measured. dNotéhe
experimental results depend upon the purity oftgtépsolutions more or less. De Waal (1996) st#tatithe results
are influenced by the different batches of sodiuiptste[32]. A complex function is presented betwéee reaction
rate and the catalyst concentration and the ojpeiticonditions that must be controlled in orderotatain
reproducible measurements [33].

1812



Dai D. Fan et al J. Chem. Pharm. Res,, 2014, 6(7):1810-1817

The experimental procedure is as follow: fill therkeactor with a 1 mol tsodium sulfite solution containing 10
mol L™ of CU* ion, then turn on the air and starting the timeewlhe air emerges from the sparger. After the
oxidation reaction keeps 10 minutes, stop thelaw,fagitation and take samples of 2mL at everyr8futes. And
each sample was mixed with an excess of standdideigeagent in a 250 mL iodine flask that can pnévodine
form evaporating. Finally, the intermixture wagaied with standard sodium tiosulfate solution £5@;0.3 mol
L™ to a starch indicator end point. The reactiorsexpressed as:

Na,SOs+ ,+H ,0—Na,SQ+2HI
|, +2NaS0s—2Nal+Na,S,06

The mass balance for the dissolved oxygen in tHemiged liquid phase can be established as:
dC/dt=0OTROUR (13)

wheredC/dt is the accumulation oxygen rate in the liquid gh&TR represents the oxygen transfer rate from the
gas to the liquid, an@URis the oxygen uptake rate by the microorganisms.

The term OTR can be expressed as:
OTR=k_a(C*-C) (14)

whereC* is the oxygen saturation concentration in the tigikid in Equilibrium to the bulk gas phase, &bds the
dissolved oxygen concentration in the bulk liquid.

In the absence of biomass or with non-respirintscelhen biochemical reactions do not take pl@igR=0.
In this case, Eq. (13) can be simplified to:
dC/dt=0TR=k_a(C*-C) (15)

As mentioned above, the reaction is fastCds assumed to be zero. Therefore,
dC/dt=k_aC* (16)

Once the sulfite concentration is measured veimes the rate of sulfite consumption is determinadk a may be
calculated from:
-dCyazsoddt=2k aC* (17)

then:
k a=-dCyazs04dt/2C* (18)

whereC* can be obtained from the aid of Henry’s law, whikkhown below:
H=yo,P> Ci/C*(19)

Namely,

C*=yo,PIH/IY.C; (20)

where H is Henry's coefficient (in bar), which is 1.116 KFRmol* m? using the method of Perry's chemical
engineers' handbook[34] in the condition that thecentration of the N8O, solution at 32! is 1 mol L, yosis the
volume fraction of oxygen in the gas phaBds the system pressure, an@iis the approximately Equal to molar
concentration of water(55.55mof").

Thereforek a is calculated by the following Equation:
dCyaso, , 2 CiH (21)
2dt Yo, P

k,a=-

RESULTSAND DISCUSSION

Oxygen Transfer Correlation

Numerous experimental studies have been perforimaelatek ato other fermentation variables. As previously
deduced in the mathematical model part, those fetatien variables found to correlate witeare the volumetric
gas flow rate, volume of the liquid in the vessedi agitation speed, providing the correlatipa=KQ*N'V, ¥
wherekK, x, andy are the desired correlation factors.

According to this correlation, |€@ andV, keep constant:
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k.a=KyN (22)
where,

KN:KQXVL-y/3.15 (23)
Take the logarithm on both sides of the Equati@),(this gives:

In(k_a)=InKy+ylnN (24)
Meanwhile,NandV, were kept constant:

kLa=KoQ* (25)
where,

Ko=KNV, Y31 (26)
Then take the logarithm on the Equation (25), gives:

In(k_a)=InKo+xInQ (27)

Therefore, for the 12.8 L fermenter, the correlatfactors,x andy, can be obtained first through the linear
regression of the logarithmic plot shown in Figaa) and 1(b), Ik a) vs.InQ and Ink a)vsInQ. The estimated
values ofx andy were 0.4613 and 1.5131 respectively (R? is 0.9974969 in each plot). For the 30 L fermenter,
the correlation factors; andy, shown in the figure 1(c) and 1(d), were 0.525 ar&85, respectively (R? is 0.9930,
0.9979 for each). And the value of Ras calculated to indicate the degree to whichinbleced Equation fit the
observed data. This linear fitting Equation is ood agreement with the concept by the model.

7.0
64 Ink, a= 0.4613InQ + 5.2115 5| IMkLa= 1.5131InN - 4.2581
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Fig. 1 Dependence of In(k_a) on the value of InQ and InN respectively

The logarithmic plots in Figure 1 show the depemréeofk a on the gas flow rate and stirrer speed. It wasidou
that the gas flow rate and steer speed in the 3@dsel have higher influence compared to the 12dhé’s.
However, the slopes of the trend achieved are airiml both scales of operation.

Then, the constants, as estimated through submitting the vabies Kqandyin the Equation (23) and (26), were
0.01 and 0.004 for 12.8 L and 30 L each.

The determination of the initial volume

In order to achieve the peak of fertility Bf coliin fed-batch mode for the lab-scale and pilotsctie maximum
capacity of the Equipment would be necessary terbployed. Therefore, for the 12.8 L bioreactor, ithpeller
speed is 1500 r mih the gas flow rate is 18 L minand the optimized initial culture volumes are 6athich can
calculate the value d¢ a is 982.5 H. And for the 30 L one, the maximum impeller speed the gas flow rate are
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1400 r min* and 12 L mift, respectively. Then the initial culture volumes fioe 30 L bioreactor could be obtained
as 15.4 L on the basis of the prodysk a as a constant which is because the fermentatiohighly
oxygen-dependent process through scaling up.

The effects of scaling up from 12.8 L to 30 L

The cultivation profile for the 12.8 L scale withet probing feeding strategy is presented in Fign@uding the
batch growth stage prior to feeding (0-5 h). Biosnascumulated to 80.13 g'LDCW with no obvious acetate
accumulation being observed. During the initialchastage, acetate accumulated to above 0.7' dut was
re-consumed, and a biomass level of approximat@l§ ¢ L'> DCW was reached prior to feeding. The specifi¢ cel
growth rate was maintained at about 0.15-02ah the initial phase of fed-batch culture until D€aches a
minimum acceptable value (measured as the dissobgden tension). After 10 hours later, the cellerav
implemented inductionat the middle logarithmic gtiovphase and the specific cell growth rate was tasiad
about 0.05 1 upon this phase. The final HLC was increased t& 3 during the induced cultivation.
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Fig. 2 Characteristics of fermentation of recombinant E. coli containing HL C cDNA with the probing feeding strategy on lab-scale
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Similarly, the profile for the 30 L scale fermerdait when using the new model and maintainiviga as a constant
is presented in fig 3. As shown below, the timerses of dry-cell mass differed slightly comparedthe data
measured in the lab-scale fed-batch process: orBthé scale the acetic acid concentration was Hhighbe
difference may be caused by the step of prepar&tiomoculum. The final DCW of 59.7 g'Land the production
of HLC of 6.25 g ' were obtained, which was lower than that obtaioedab-scale. Meanwhile, the acetic acid
was higher in the induction phase. The reason dethése results would probably ascribe to the lomgrgen
transfer capacity on 30 L scale. This can be emptaiby the fact that cells at the top of fermenater exposed to
excess glucose concentrations and simultaneoufflsr Stom oxygen limitations, whereas those at bio¢tom are
exposed to glucose starvation. An amount of glucaseentration that is more than necessary anchaltsineous
oxygen limitation result in acetate overproductj@s-37].

CONCLUSION

The aim of this work was to provide a simple buiorsal mathematicalmodel for translating an optiedizab-scale
fermentation performance to a pilot-scale succdlgsithe correlation, which could be used to desagnew higher
scale bioreactor, relatégsa to the key operational fermentation parametersgathon speed, gas flow rate, and initial
culture volume) and is essential to successfulblesup the fermentation process to the larger Sdade most
important point is the potential of the mathematiceondel when utilizing the dynamic method in ferrtaion
presented by Bandyopadhyay and Humphrey in measkirafil1]. Being intuitionistic and liable to interalateit is
suggested that other investigators should consniemodel in their quest for obtaining data foalseup of aerobic
fermentation processes. Further, re-correlatingntioglel with those parameters (such as feed rataudion and
nitrogen nutrient etc) which are crucial for thedag stage will probably bring out a novel appto&e create a
intelligent controller that can be manipulated auatically in the process of fermentation.

As clearly evident from the results of this stuidiymaintaining a constant value fk_a upon scale-up from 12.8 L
to 30 L at same policy, similar trend of growth gmdductivity were successfully achieved. A simptetocol for
scaling-up exercise in the stirred aerated biooraatias developed.
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