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ABSTRACT

The primary steam reformer (PSR) is the heart of Ammonia unite in Basra Fertilizer plant. It consists of catalyst
tubes that located at the center of side-sired furnace. Steam reforming process of natural gas based on endothermic
reactions is carried out in fixed bed reactors produce synthesis gas (CO and H,). Three important limitations that
affect the performance of PSR; thermodynamic equilibrium of reforming reactions, heat and mass transfer
resistance and carbon formation. Two models are used in this study to simulate the PSR; radiative model for side-
fired furnace and first order heterogeneous model or fixed bed reactor taking in account the above limitations. The
simulation results is compared with operating data that carried on Basra fertilizer plant and they match well. The
simulation program is used to discuss the effect of more important operating conditions; temperature, pressure and
steam to methane ratio (SCR) of the feed, on composition of synthesis gas, reactor wall temperature, pressure drop
and heat duty.
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INTRODUCTION

Ammonia is one of the more important basic chericdlthe world, ranking with materials such as balc acid
and sodium carbonate. However it is a major endlywbas well as an important intermediate the pcodo of
more complex chemicals about 85% of ammonia consomjis used for the manufacture of fertilizer ogen.
Converting of natural gas to synthesis gas by stegforming is the first step to produce ammoniashswn in
figure (1) [1].

Hydrocarbon, predominately methane in the econatfititate and steam react in the presence of a chtalgterial

to form a mixture of hydrogen and carbon oxidesicvlare major chemical building blocks. The refargireaction
are highly endothermic, meaning that large quastiof heat must be added for the reaction to ptbdeeBasra
Fertilizer plant, reforming of natural gas is cadriout with two stages; primary steam reforming netre=at required
for reactions is supplied from side fired furnacel aecondary steam reformer which depends on paxi@ation of

non converting methane to provide heat. Primanamsteeformer consists of two parts radiation sectowl

convection section. The radiation section is adamwhere combustion of natural gas is carriedt@yirovide a
required heat for steam reforming reaction. Toease the capacity of reformer, the radiation seatansists of
two parallel rectangular cells/chambers. Catalytices are positioned at the center of each cellefisure the
advantages provided by the side-fired configuratsmnall premix burners as shown in figure (2)e$irup along the
walls of the straight wall furnace, as such burmecwvide short flame length and ease for tempegatantrol.

The commercial application of catalytic steam rafer was pioneered by BASF in 1926. This led tohiert
development of reforming process using tubular taraitirnaces by 1930. Singh and Saraf, in 1979 48gumed
that pore diffusion resistance for reformation tears is very high. Singh and Saraf developed thiewing first-
order kinetics expression which evaluated by Haltipsoe for methane steam reforming and water bds s
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reaction. In 1989, Xu and Froment [3] have investig methane steam reforming over Ni/Mg# catalyst in a
tubular reactor. In their testingias included in the feed to protect the Ni cataysm re-oxidation by steam. By
comparing the experimental data with the equilibriconstants, three reactions were identified as ntiagor
reactions in the reforming process. The authorgpgsed Langmuir—Hinshelwood (LH) type rate exprassifor
these reactions. In this study, kinetic that désctiby Xu and Froment to simulate the industrigdst reformer.

Industrial SMR is a mature technology. As a resthlere exist many models in the academic and coniater
literature that simulate steam-methane reformetses& models differ in their intended and in sinypid
assumptions they use to describe reformer behalle.complete models which can simulate the botfuiwface-
side and process side. Furnace-side models catassfied by the approaches used to describe thatize heat
transfer and furnace flow pattern. Process-sideeatsochn be classified by describing the fixed lesttor in one or
two dimension, mass and heat transfer limitatioomgenous or heterogeneous), kinetics reactionpaessure
drop.

Singh and Saraf (1979) [2] used a version of thik-stiered model to generate tube-wall temperafpnafiles for an
industrial SMR. In the Singh and Saraf versionhef Hottel zone method, there are three zone typeser surface,
tube surface and furnace gas. It is assumed thatréfractory is a no-flux zone (it reflects all imhent
radiation).Only two total-exchange areas are neetlel total-exchange area between the gas and iahtabe
zone, and between the burner surface and an akial#one. The model that developed by Singh andf Sas
used by Soliman et al. (1988) [4] to simulate sediced reformer. Soliman et al. showed that redgaiatalyst
activity from 1.0 to 0.02 results in decreasing thethane conversion by 24% and the catalyst tebmpérature
increases by (5-6)%, while the furnace temperahoease by (10-11)%. In 2000, Rajesh et al. [Settps a side-
fired steam reformer model employing the kineti€Xo and Froment, a non-iterative form of the fureanodel of
Singh and Saraf the calculation approach of Elriasttaal. [6] for effective diffusivities. The autts report "a very
good match is observed between the results obtéioedour simulation and published industrial dat&'two-step
method to simulate the natural gas steam reforfun@ydrogen production was performed by Oliviendaveglio
in 2008 [7]. The first step is to calculate refongitube length and fuel distribution with equiliom approach
associated with heat transfer. The second stepdaltulate and validate reforming performance ittetic model.
In 2011, a mathematical model was developed byrAgbal. [8] for a reformer used in the Midrex direeduction
plant. A steady state, one-dimensional model wédligible axial dispersion was adopted for the lyateubes. The
furnace was, on the other hand, modeled with bofidng configuration using two- flux Roesler methéjbar et
al. Proposed that a decrease in the inlet tenyreraauses evidently a decrease in methane coondyscause of
the endothermic reactions.

Desulphurisation Reforming Shift
Process steam
[_< j L
T
Natural gas 2 ___/
Process air
= Ok &~
Stack o
Purge gas @
Co,
"@ Q—gj: removal
Ammonia Process
product Ammonia synthesis Methanation ~ cond.
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Figure (1) Process Scheme for Production of AmmoniBrofertil of Haldor Topsoe [1]

2-Experimental work

2-1 Reactor side modeling:

2-1-1 Reaction Scheme and Kinetics:

In this study, the kinetic rate expression congidewas developed by Xu and Forment [3], based ominair-
Hinshelwood (Hougen-Watson) approach, and usindgd@iaTopsoe Ni/AJO, spinal). The mechanism model
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consists of 13 steps, three of them are rate dingpsteam reforming reaction (SR), water gast{WwGS) and
reverse methanation reaction (RM) as shown below:

CHy+HO — CO+3H (SR) AH%g= 206 (kJ/mol) ..(1)
CO+HO —p CO+H, (WGS) AH%g= -41 (kJ/mol) ..(2)
CH,+ 2H,0 «— CO+4H, (RM) AH = 165(kJ/mol) ...(3)

A methane equivalent to the feed is calculatethatreactor entry; this is based on the assumgtian higher
hydrocarbons are very rapidly converted to methmnthe following methanation reaction[2]:

anM{%lJHzo . [3n4+1jCH4+(%1jCO2

..(4)
With the corresponding intrinsic rate equationgheffirst three reactions respectively [3]:
k Pj * I:)co
R. = 1 P.. *P, - 2 (5)
1 P'—2|25DEN2 [ CH, H,O [ Ke’l
k I PH * PCOZ
R. = 2 P. *p, - 2 (6)
® B, .DEN?| ©© "° [ Koo
R. = k3 _P *p2 Pﬁu * Pcoz )
37 535 ~—pn2 | ' CHy '"HO - v
Pj:’ .DEN? | Kes
— * * * K adH,0 * PHZO 8
DEN_1+KadCO PCO+KadH2 PH2+KadCH4 PCH4+P— -(8)
HZ

The equilibrium and rate constants can be evaluayading the equations in reference [9].

2-1-2 Mass, heat and momentum balance:

The one-dimensional heterogeneous model is usedtbestudy the component and temperature distdbudiong
the catalyst tube. It is assumed that no carbomdton. From material and energy balances whiatarsied out
over the cross section of tubular catalyst bechass in figure (2).
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Figure (2) Schematic diagram of reactor configuraton and control volume for model building
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The continuity equations for each component inrgagure can written in the following set of equatifi.0]:

dR.,
Y:_P C(1-g5) A.(n; R tn3.Ry) --(9)
dFHZO

pre= =-pc.(1-gz) A.(n; .R;+ 1, .R,+2n; .R,) ....(10)
dR,,

pre= =pc.(1-g5)A.Bn,.-R;+ 1, .R,+4n,.R,) .(12)
dFCO —
o7 =pc.(1-e;) A.(n, .R;—, -R,) .(12)
dReo,
Y:pC.(l—sB)A.(nz.R2+n3.R3) ...(13)

The change in the temperature throughout the relerigth has been given by various authors[10]:

3
dT kZ:(_AHr,k)PC-(l_SB)A-Rk+ﬂ-dt,iq
=1

9 =

dz > FRC,

...(14)

For the flow through a ring packing often usedrdustrial packed columns, the Ergun equation isicened as a
good semi-empirical correlation for predicting gvessure drop as follows [10]:

dP_ _[150(1-£5)°.ug U, | 1.75(k£5).p,
dz ep -d7 el .d

....(15)
p

2-1-3 Effectiveness factor estimation:

The intra particle diffusion resistance is maimg§luenced by the characteristics of catalyst p€bbape and size).
Therefore, the effectiveness factor should be camed in order to apply the kinetic equation to ieustrial
reformer design. For the spherical catalyst petle, effectiveness factor can be evaluated udiegfallowing
equation. [10,11,12]:

i1 1
Mk 0| tanh(3) 3¢ ....(16)
oh =$\/kv’kp°m(l+ Koo (17
6 Kex - Dy
k,, =k;*0.08314 T/R"° (18)
k,, =k,*0.08314 T ..(19)
k, ; =k;*0.08314 T/R, " ....(20)
The effective diffusivity becomes as the followiaguation [13]:
D — SD Dkn,i* Di,mix
S T | Dynj t D mix (2
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The selected catalyst particle is the industrialddaTopsoe R-67-7H (tablet shape with seven halas convex
ends). The complex geometry of the real particleefresented by means of an equivalent sphericdemdhe
equivalent pellet diameter and other charactesigtie listed in table (1).

2-2 Furnace-Side Modeling:

A typical side-fired steam reformer is shown inufig (3), with process gas flowing downwards throuaghtiple
tubes in a single row, all of which are containeithin one or more compartments known as furnacks.c€his
design is based on the concept of uniform heat thekieved by positioning the catalyst tubes indéetre of the
furnace cell with heat input provided by burnersrirs are located along the ensirdewall of the furnace and
arranged in six rows. Flue gas exhausts at theofajne furnace and is directly connected with tl@wection
section.

Flue gas outpu

Process gas
input

Process gas

‘ input

|

Catalyst
tube

Proce;s.gas outlet
-

Figure (3) Schematic diagram of side fire Furnace

The heat balance on radiation section;[14],
Qn =Qr+tQy+Q,

Qn =m; .LHV+Q,, + Q

Qr = Qrag™ Qcony

Qg =My Py (Te~ Ter)

The following simplifying assumptions are made #odble to describe the side fire furnace:

1. Radiation is the prevailing mode for transfer ohthby furnace gas and flames. Heat transferredobguction
and convection is negligible compared to the tatabunt of heat received by the reformer tubes.

2. The fuel is burnt completely and the combustiordpats (furnace gas) is gray gas[2].

3. There is no distinction between different elemeoftseformer tube surface due to geometrical digmosior
proximity to burner [2].

4. Flames radiate at adiabatic flame and the radidtmm furnace gas and tubes absorbed by flamesegyligible

2].

Hence, the total heat flux from gas combustionagasflame to tube surface is :[5]

_ U.(AVO + Aq).ag £ s iy, ONg A £ .(1- £, ).(EtTf4
Qe = (Tg ~Tio) + -(22)
(A,o + AR)'EQ + A,o (1_ €g )'gt A,o
While, the overall heat flux across the tube w@lbrocess gas is:
q = Uin (Tt,o_T) (23)

Where:
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1 _d,,.d 1

U, 2% d, h ..(24)

h, :0.4*?[2.5&2@2%#%0.094?eg-8pr°-4] 5
)

The temperature of outer wall can be calculate@dpyating the fluxes due to radiative heat tranfsten furnace,
eg.(22), and conductive-convective heat transfeossctube wall , eq.(23).
Where;

qR = dti q/dt,o (26)

2-3 Numerical Solution Strategy :

The heat transfer equations describing the furraoe be decoupled from those describing the readtiotihe
reformer tubes by assuming initial values for vaald gas temperature. For furnace side, heat of gstioln and
flame temperature are calculated and radiation Igatsing the assumed values of flue gas and wealperature.
Consecutive iteration is carried out between fuenaied tube equations until two iteration match.uasieg of wall
temperature value is repeated on each step alengatialyst tube to predict the wall temperaturdileroOn each
step, the correct value of wall temperature is usedalculate the heat flux on the tube wall. ERdre side the
calculation starts from the top end of tube wheeerocess gas is fed , Since the inlet conditidnmocess gas is
known, the reaction rates, diffusivities and efffiemess factor can be estimated.

The differential equation that describe compositaomd temperature profile and pressure drop canobeds
numerically using Euler method. The calculatiomepeated on each step along catalyst tube untiéxfiepoint of
process gas reach. The total heat flux is deteninen compared with heat balance on furnace tdigirthe true
value of flue gas temperature. Otherwise a newevaluflue gas temperature is reassumed and thesguoe of
calculation along reactor length is repeated.

RESULTS AND DISCUSSION

The equivalent feed and the operation conditiohgprocess gas stream is taken from data sheetdufstrial
primary reformer in Basra fertilizer plant at 10008ad which are tabulated in the table (2):

3-1 Model Validation:

In this study, a side-fired primary reformer is ratetl mathematically. The actual industrial condiicf Basra
Fertilizer plant of ammonia unit is used as inpatadto simulation program. The comparison betwéeulation
results and actual plant information is presentethble (3). A Good agreement between measurectaledlated
values is an indication of good performance ofrtioelel.

Though the steam reforming reaction tends to reagiilibrium state, the actual product compositias & gap from
its chemical equilibrium state at the outlet tenapere.

3-2 Component distribution in the catalyst bed:

Mass balance of the five components of steam reéfgynprocess is carried out using one-dimensional
heterogeneous modeling for fixed bed reactor. Eidd) describes the steady state behavior of thlarnfractions
along the catalyst bed. As anticipategisiformed at the expense of ¢Chhd steam. As can be seen in this figure,
the CO content is very low up to 5 meters, becdheeshift reaction goes to equilibrium easily aporéed by
Khomenko et al.[15]. However, the G@raction would not increase further over 11 metdérscause the WGS
reaction is exothermic, while the hydrogen conteateases further because the methane steam rafpaution is
endothermic. It is also evident that CO is morentl4), at the reactor exit, which is the result of the 8/@action
being reversed at high temperature due to its exotic nature.

3-3 Temperature distribution in the catalyst bed:

The temperature profile of process gas and tublealeang the catalyst bed are shown in figure [8)e two curves
highlight a non- monotonic trend at low temperasurk temperature decreasing is present close tubeeinlet due
to the high endothermic nature of steam reformewagtions. When the distance from the tube inletsr{gnore than
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1 m), process gas temperature increases with atowndrend. This is achieved when the transfeerdrgy is
sufficient to supply total reaction enthalpy andhsble heat for temperature increasing. The sanmawer is
noticed for the profile curve of tube wall temperat The maximum wall temperature is recorded farmeer exit
because of constant heat flux of side fired fuenas reported by Rajesh [5] and Oliveri [7] compgnivith top and
bottom fired furnaces where the maximum wall terapee is recorded at the first or second third ed height
[16]. In any case, the highest wall temperatureukhoot exceed the design reactor wall value toicattoe tube
rupture [7].

Table (1) Design data of radiant section of (PSR)

Chamber Dimension

Height (m) 114

Length (m) 27.255

Width (m) 1.84
Catalyst Tubes

Number of tubes 2*100

Inner tube diameter (m) 0.118
Outer tube diameter (m) 0.152
Heated tube length (m) 114
Overall tube length including hairpin (m) 12.815
Catalyst volume, installed @n 25.1

Tube material 24/24 Nb
Design tube wall temperatu?€ 895

Burners

Number of burners 2*240

Type of burners Self-aspirating wall burner
Burner diameter 1lcm
Normal heat release per burner, LHV 250,000 kcal/h
Maximum heat release per burner, LH 315,000 kcal/h
Fuel type Natural gas
Catalyst

Catalyst type (Haldor Topsoe) R-67-7H
Shape cylinder with 7 holes
Size (O.D* H) mm 16*11

Hole diameter (mm) 3.4

Bulk density (kg/m) 970

Void volume 0.5

Average radius pore (A 80

Tortuous 2.74

Table (2) Equivalent feed and operation condition oprocess gas stream in Primary reformer unite

Parameter Value
Flowrate of natural gas fuel (kmol/h) 560.625
Excess air (%) 10
Temperature of fuel and aifQ) 25
LHV of fuel (kJ/kmol) 9.41E+05
Natural gas process temperatufi€) 505
Natural gas process pressyzr) 34.3
Steam/Chec 3.97
Molar flowrate of equivalent process feed (kmol/h)
Fcha 1227.94
Fiz 47.99
Feo 0
Fcoz 90.592
Fozsan 27.14
Frizo 4874.84

3-4 The approach to equilibrium:

Figure (6) depicts the approach to equilibrium eofor three reactions in term of ratio of partigessure of
reactants and products to rate constant. In catieeoftwo steam reforming reactions, It is onlygjoincreases to
72% of equilibrium at the exit of reactor becatlse rising process gas temperature shifts theibguih of these
reactions further to the right. While the WGS teacexceeds the equilibrium at the same posifiogure (7) also
shows, the local difference between the actualgg®gas temperature and the temperature that Weuledached if
the process gas were at equilibrium. This diffeeerxc often used to characterize the operation oindastrial

reformer. Its value is about 14°C at the reformet. e
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Table(3) Comparisons between plants data and modptedictions at the primary reformer exit

Output
Property Plant Predicted Error percentage
Flue gas temperaturéQ) 1030 980 4.9
Flue gas flowrate (kmol/h) 8195.31 8195 0.004
Process gas temperatut€) 784 781 0.38
Process gas pressure (bar) 32 32.08 0.1
Dry gas flowrate (kmol/h) 4219.82  4141.46 1.9
Steam/dry gas 0.86 0.89 35
Dry process gas composition (mol%)
CH, 10.2 11 7.84
CO; 8.68 8.28 4.6
[ofe] 12.38 12.56 145
H, 68.1 67.51 0.87
(N2+AT) 0.64 0.66 3.125
ATE (°C) - 13.85
Maximum wall temp. 1C) - 885.85
' ™
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Figure (4) Component distribution along the reforrer length relative to inlet operation conditions P=34.3bar, T=505C &SCR=3.97)
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Figure (5) conversion profile of CH, and CO, along the reformer length relative to inlet operéion conditions (P=34.3bar, T=505C &
SCR=3.97)

3-5 Pressure drop Prediction:
Figure (8) shows that the pressure of procestigas redu

ces at the exit reformer from (34.3 o BRBe decline of

pressure along the reactor has occurred as a testhe friction between particle of gases, pagtobf gases with

catalyst pellet and with walls of reactor. Pressinap is the

key parameter in the steam reform@gtor. From one

hand, low pressure drop is a desirable charadten$ta particular catalyst shape, because of @tawechanical

energy loss.
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Figure (6) Temperature distribution along the refamer length relative to inlet operation conditions (P=34.3bar, T=505C &SCR=3.97)
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Figure (7) Approach to equilibrium in term equilibrium constant along the reformer length relative toinlet operation conditions
(P=34.3bar, T=505C &SCR=3.97)
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Figure (8) Approach to equilibrium in term equilibrium temperature along the reformer length relative to inlet operation conditions
(P=34.3bar, T=505C &SCR=3.97)

3-6 Heat flux profile:

The side fired furnace relies upon the tube beimgnbed on two sides by a refractory wall. In amragsiant, 60 %
of the heat received by the tubes from the radjatgiractory wall is required to endothermic reawcsi and 40% to
raise the temperature to the level of reformer. éiite value of heat flux depends on the differentevall and
process gas temperatures. Figure (9) illustrateshtrat flux profile along axial direction of catiédytube. The
maximum heat flux is positioned at the reactortimbere the amount of heat flux value graduallyrdases as the
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difference of two temperatures are reduced. Integrahe area under the curve and dividing by bedldength
gives the average heat duty for one tube in stesformer, which is limited to be (79.57 kWinThe value of
absorg)ed heat is agreed with the typical rangeeat duty that reported by Rostrup-Nielsen whicha ig5-90)
kW/m* [17].

Vam

Pressure profile

32.5

Total pressure (bar)

31.5

8] 2 4 53 =4 10 12

Bed length (m)

. iy

Figure (9) total pressure distribution along the eformer length relative to inlet operation conditims (P=34.3bar, T=505C &SCR=3.97)
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Figure (10) Heat flux profile along the reformer ength relative to inlet operation conditions (P=348bar, T=505°C &SCR=3.97)
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Figure (11) Methane conversion as a function to éel gas temperature, pressure and SCR
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Figure (13) CQ, conversion as a function to feed gas temperaturend SCR at 40 bar
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Figure (14) Effect of operating pressure ,temperatre and SCR on hydrogen yield

3-7 Operation Conditions Effect:

The performance of primary reformer is affectedtimy operating parameters, such as feed gas pret=ugerature
and steam to methane ratio (SIEHIn this study the performance of conventiomdbrmer is studied with altering
the operating condition feed temperature (450 -&500eed pressure (20-40) bar and SCR (2-5). Kineticlel is
necessary to evaluate the influence of the mor@itapt operation conditions not only on hydroged &0 vyield,
also on pressure drop, heat duty and temperatwatef reactor wall .
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Figure (16) Skin tube temperature as a function téeed gas temperature, pressure and SCR
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Figure (17) Average heat absorbed by reformer asfanction to feed gas temperature, pressure and SCR
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Figure (18) Pressure drop as a function to feed ggsessure, temperature and SCR

3-7-1 Conversion of CH and CO,:

The reaction temperature plays an important roleéhim reactor performance via thermodynamic and tikisie
Thermodynamically, at fixed pressure and (SCRyrdasing of feed temperature results in shiftirgeghdothermic
reaction to right side. Le- Chatelier’s principtatss, increasing the pressure favors the sideeoéguilibrium with

the least number of gaseous molecules. Therefoeerate of steam reforming reactions decreaseseakéhere is
no effect of pressure on WGS reaction. At equilibrireactions, increasing the moles of one reacthifits the

reaction rate toward another side. The molar faderrof steam in feed gas process is pointed hesteasm to
methane ratio (SCR). The SCR is an important patemadfecting hydrocarbon steam reforming. Thetiaheship

between methane conversion as a function to ilstgmperature and steam to methane ratio at coms&ssure is
shown in figure (10). Increasing the feed process tgmperature has no effect on CO2 conversiolCa S-4).

The effect of temperature rising has negative efecCO2 conversion at SCR=2 while , the behaviaonversion
reverses with temperature increasing at SCR=5sBresising has slightly effect on CO2 conversion.

3-7-2 Yield of H, and CO:

It is shown from figure (11) that yield of hydrogércreases with increasing feed temperature and &@R to
rising the conversion of two reforming reactionsisl obvious that response of yield with tempemtincreasing
rises with increasing SCR. However the maximumdyi@ H2 is recorded at higher temperature and S@Rile

rising of operation pressure has a negative effdgtyield. It can be concluded from figure that negatéffect of
operating pressure can be overcome by increasewjtiamperature or SCR or both of them. Figure éh@ws that
effect of pressure increasing has negative effiec€© yield than H2.

3-7-3 Temperature of gas process and skin tube

In Side fired reformer, the maximum skin tube pemature is at the reformer exit. To ensure longraton life of
tube, maximum temperature must not exceed thedabign temperature. In general increasing the peecess gas
temperature from 50C to 650C, at constant pressure and SCR, results in rigiagskin tube temperature. It is
recommended to limit the maximum exit gas tempeeato 900°C to avoid the melting of the catalyst [18]. Figure
(13) shows the effect of feed process gas tempergtressure and SCR on the skin tube temperatiséllustrates
lower tube skin temperature is produced at lowepterature and pressure and higher SCR.

3-7-4 Heat Load

The influence of three conditions on total heatoabsd from furnace is analyzed in figure (14).sltshown that
using higher inlet process gas temperature caenese heat duty. However increasing of absorbed indicates
to increasing of reforming reaction rate. Thereforereasing of operating pressure at low SCR lgadkigher
reduction in total heat absorbed. Rising of SCRa@ampensate the heat transfer decreasing withgriggsure.

3-7-5 Pressure drop:

To study the influence of three important operatoimmditions change on pressure drop, figure (1®wshthat
maximum pressure drop appears at the lowest ankighest temperature and SCR. While minimum presdusp
is at the highest pressure, less temperature aiRd Bs result is proportional with minimum and riraxm yield
of hydrogen as shown above in figure (11). Theeefibris important to balance between maximum yiahdl
minimum pressure drop.
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CONCLUSION

This paper is an attempt to modeling and simulati@nPrimary Steam Reformer taking in accountialitations:

thermodynamic equilibrium, mass and heat trangfsistance. The simulation results gave a good agmewhen
compared with data of reformer exit operates astirae conditions. The Simulation program is usetegzribe the
behavior of composition and temperature and presaud heat flux profile throughout packed bed lengthe

effect of three important operation conditions dw tPrimary steam reformer performance is analyZdg:

performance variables of industrial steam reforamer. yield of H2 and CO, tube skin temperaturesguee drop
and heat duty. It is found that important to makdéabce among the values of operation conditionseéxh to
optimum performance.
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